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Abstract

We discuss various designs for scaled down membrane steam reformer for generating pure hydrogen onboard or in a hydrogen fuel station, motivated by the expectation of using hydrogen as an energy carrier, mainly to power the energy efficient and environmentally friendly polymer electrolyte fuel cells (PEMFC). Pure H2 separation is achieved by Pd or Pd/Ag membranes.

A novel concept for hydrogen generation by auto-thermal methane steam reforming (MSR) was experimentally demonstrated by our group. The reactor, built from three concentric compartments, indirectly couples the endothermic methane steam reforming (catalyzed by Ni/Al2O3) with the exothermic methane oxidation, while hydrogen is separated by a permselective Pd/Ag membrane. The MSR conversion is mainly determined by the membrane hydrogen flux. The system is optimized using an appropriate model, validated with experimental data using parameters from literature. The optimized reformer, is shown to achieve a methane-to-hydrogen conversion efficiency of up to 0.8. 

In a second concept, solar energy circulated by means of molten salts is used to heat the membrane reformer in a hydrogen fuel station. Laboratory scaled membrane reformer, fed with methane or ethanol and steam, packed with a foam catalyst and heated externally, demonstrated the concept feasibility. Modeling this reactor suggests about 80% reduction in permeance, compared to a value measured in pure hydrogen. Ethanol steam-reforming yields mainly methane and CO2, as well as hydrogen, as products with high yield of H​2 under conditions of high H2 separation.
We describe 1-D mathematical model that were successfully used to predict the experimental results and ask whether 2-D models are necessary. By deriving an appropriate criteria we show that concentration polarization cannot account for the observed permeance inhibition. To understand this phenomenon we resort to DFT-calculated adsorption energies to estimate the inhibition due to surface adsorption of possible co-adsorbates like methane, CO and water. While CO adsorption is strong, CO concentration is small, and this effect is too small to account for observations, suggesting that surface reaction on the Pd membrane should be considered to estimate coverages by C , O and other intermediates.

Keywords: hydrogen, methane steam reforming, membrane reactor, autothermal reformer, model-based optimization, fuel cells
1. Introduction


Hydrogen is a very promising environmentally friendly fuel: its combustion in fuel cells directly produces electricity in a pollution-free way with efficiency (claimed to be 60 % for PEM fuel cells) that is much higher than that of heat engines (30 % and lower). The high energy transformation efficiency of fuel cells may decrease significantly carbon dioxide emission, even when fossil fuels are still used as a source of hydrogen. This is the motivation behind the search for new small scale efficient processes for hydrogen production that will be used either in fueling stations or on board adjacent to the FC [1-3]. The European road map calls for the establishment of thousand hydrogen fueling stations by 2020. 


Traditionally hydrogen is produced by steam reforming of methane (MSR) (or of natural gas) followed by high- and low-temperature water gas shift (WGS) reactions, equation(1)

, followed by separation procedures (e.g pressure swing adsorption and selective oxidation). This implies three catalytic beds and two separation steps. Moreover, this process requires extensive heat input for the highly endothermic reaction, and high temperatures (>950°C) due to equilibrium limitations, thus it is carried in large furnaces.
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Membrane reactors (MR), comprising Pd or PdAg thin membranes to separate the hydrogen from the reacting mixture are, a promising way to enable the small scale, local production of H2. These membranes are known to hold essentially infinite selectivity for hydrogen (selectivities were reported to be >103[11,32]). The separation of H2 shifts the reaction towards the products and allows to reduce the operating temperature required for high conversions, to high (or even low) 400C while supplying pure hydrogen in one step. It also shifts the equilibrium to CO2 rather than CO. This will have advantageous effect on separation and on preventing coking as we discuss below.
The purpose of this article is to review demonstration and modeling of membrane reactors of steam reforming of potential fuels like methane (ie. natural gas), ethanol (renewable) or methanol to produce hydrogen, and to identify the steps that limit the system throughput: kinetics, hydrogen transport through the membrane (i.e., permeance) or heat transfer. Also, we review the model elements to inquire whether 1-D models are sufficient to accurately describe the system and whether 2-D or 3-D models should be incorporated.
Two heating approached are envisioned for this endothermic reaction:

(i) Wall-heated reactors: An environmentally friendly route of supplying the required heat is the application of solar-thermal power, using molten salts. This will decrease the carbon footprint of the product; however this will require operating temperatures limited to ~530°C. The process scheme is described below (Fig. 1, membrane not shown). The laboratory reactor scheme using external heating is presented in Section 2 following [5].
(ii) Autothermal reactors. In recent publications [1,2] we have demonstrated the feasibility of hydrogen generation in a completely autothermal packed bed membrane methane steam reformer. The reformer (Fig. 1 c) was composed of three separated compartments: a methane oxidation (MOx) catalytic bed, a MSR catalytic bed and a hydrogen separation membrane. A detailed parametric study was performed [1] and the hydrogen generation optimization was experimentally demonstrated [2]. Yet, the reactor efficiencies (defined below) were lower than 20 %.
Design of both reactors requires the same elements; the design of an autothermal reactor  requires also a temperature sufficiently large to sustain the system. The performance of both reactors will be based on conversion and on hydrogen recovery, which in the case of an auto thermal reactor accounts for fuel invested in oxidation, 
We briefly review pertinent information on elements of such a process. Experimental investigation of hydrogen generation using membrane reformers, has been reported using either packed bed membrane reactor (PBMR) [7-10] or a fluidized bed membrane reactor (FBMR). For reasons of convenience of operation we focus on FBMR.  Ni is a common inexpensive catalyst for MSR reaction (1), but it requires temperatures of around 600C. In the commercial process the WGS is conducted separately using Cu and  catalysts, but Ni may be a sufficiently good catalyst due hydrogen separation, as is shown for the autothermal reactor. Other catalysts, like Ni/Pt (see Section 2) allow to reduce the reaction temperature to around 450C. Membranes composed of a Pd-Ag thin layer on a ceramic or stainless steel porous supports are very promising, since they exhibit higher permeabilities than that of (self-supported) Pd-Ag foil membranes (see monograph [4]). Early work by Shu et al. [13] that used Pd (20 μm) and PdAg (10 μm) films deposited on porous stainless steel reported around 50% conversion compared with ~37% in non-membrane reactor at 500°C. Shu's results were later compared with a simple isothermal plug flow model [14], using counter- or co-current flows of sweep gas. Other works that focused on the various operating conditions such as temperature, reaction pressure, sweep flow rate and steam to carbon ratio (S/C) and their influence on conversion and H2 production rate (permeate flow rate)  can be found in the literature[7-11,15-18]. The membrane reformer had to be coupled to a heat source, which is commonly done in experimental works either completely or partially by electrical heaters.
The structure of this work is as follows: Experimental demonstrations of the wall-heated or autothermal reformer are presented in Section 2 along with their comparison with a model described in Section 3, showing a good agreement with a proper choice of permeance. Analysis of permeance inhibition shows it cannot be explained by concentration polarization (Section 3.2), but it can be accounted by adsorbates competition (Section 4). Atomistic calculations are necessary to consider the latter effects. 
2. Demonstrations
2.1 Wall-heated Reactor



The first part of this work is aimed at hydrogen flux intensification, either by increasing pressure or by using sweep flow, using experiments combined with an appropriate modeling. This work is part of an effort to build a membrane methane reformer that is heated by solar energy through molten salt [6] and, thus, we limit wall temperatures to 530°C showing that operation is possible in the range ~440-525°C.  


Experimental measurements [5] in a 40 cm long membrane methane reformer packed with catalytic (Pt(3)Ni(10)/CeO2) foams and equipped with a 175cm2 Pd membrane  showed high conversion and a high hydrogen recovery was achieved with sweep flow and high pressures  (over 90% conversion and over 80% H2 recovery at 520C  for 0.25 NL/min CH4 feed flow). The foam scaffold is SSiC, chosen for its high thermal conductivity, prepared by  IKTS (Fraunhofer Institute for Ceramic Technologies and Systems), with a cell size of 30 ppi, bulk density of 0.45-0.5 gr/cm3 and porosity of 85%, The membrane tube provided by ECN (Hysep©-technology) is made of a 4-5 μm palladium layer, deposited by electroless plating on porous alumina. It is 14 mm in outer diameter and 0.4m in effective length. Inside the membrane an 1/8'' SS tube supplies the sweep flow, in counter current to the reactive flow (see arrows indicating flows in, Fig. 1b).

 


Operating without sweep is advantageous since pure hydrogen is produced and energy need not be invested in heating the sweep stream. However, when operating without sweep the partial pressure of H2 in the permeate is 1 atm, and a high threshold of retentate pressure is required to create a positive driving force for H2 transport. Obviously at high temperatures, the equilibrium conversion is higher and therefore at each operating pressure there exists a threshold temperature that operation is possible only beyond it (Fig.2). 


Alternatively at each temperature, there exists a threshold pressure and increasing the reaction pressure beyond this point increases the driving force and hence increases permeate flow and conversion. However, experiments show that increasing pressure above 10 bar does not lead to higher fluxes due to stronger permeance inhibition. Fig. 3 shows this trend for the case of feed flow rate of 
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. The important thing to notice is the asymptotic high pressure value of conversion and of permeate flow. In this case the maximal H2 production and permeate flow should be (from stoichiometry) 2 NL/min at f=1. However, experimental results and simulations show much lower asymptotic values of permeate flow and conversion; ~0.85 NL/min and ~0.5 respectively.  This can be attributed to the inhibition of the membrane by other species, mainly CH4 (see section 3). Thus, without sweep flow, the hydrogen recovery  ratio (HRSR), the ratio of hydrogen flux to maximal hydrogen recovery (2 NL/min in this case) does not exceed 0.4 for the conditions in Fig. 3. 

Using sweep flow allow to increase the permeate flow rate to 1.5 NL/min (Fig. 3b), i.e..  HRSR~0.75, with a corresponding conversion better than 90%. 


A mathematical model (Section 3) predicts the reactors performance well in terms of the axial temperature profile, exit compositions and permeate flow when membrane permeance is calibrated against experimental results. However this value is significantly lower  (~80% lower) than values measured in pure H2 in the absence of reaction. This apparent permeance inhibition is attributed to coadsorbates, although the only strong inhibitor in these conditions is thought to be CO and its concentrations (<1%) cannot justify this strong inhibition. We suggest a mechanistic explanation for this in Section 5. Concentration polarization effects are ruled out as a source of this inhibition in Section 4.

2.2 Autothermal Operation

The autothermal reformer was composed of three separated compartments: a methane oxidation (MOx) catalytic bed packed with Pt/Al2O3, a MSR catalytic bed packed with Ni/Al2O3, and a hydrogen separation membrane (see Figure 1 for schematic representation). Two commercially available membranes were experimentally tested: (i) Pd-Ag foil and (ii) Pd-Ag supported film (Inconel support). The experimental unit dimensions and membrane characteristics are listed elsewhere [1,2]. In the model, as in experiments, a 10bar pressure was maintained in the SR compartment, an atmospheric pressure at the oxidation compartment while the membrane inner pressure is kept under vacuum or at atmospheric pressure. A detailed parametric study was performed [3].
A comment about design choice: The thermal reactive coupling can be performed directly, by performing endothermic and exothermic reactions in the same catalytic bed (e.g. as in autothermal steam reforming, ATR [18]), or indirectly, using heat exchange reactors to couple MSR to an exothermic reaction. Using air as an oxidant (rather than oxygen) for ATR in a membrane reactor will dilute the reactive stream, suppressing the hydrogen separation. Air also has to be compressed to the pressures required to drive hydrogen separation. Furthermore, finding a good catalyst for the three reactions may be quite difficult. The indirect coupling version, while being less efficient for heat transfer, is free from the direct coupling shortcomings discussed above. In one similar study, of methanol SR, which requires lower reaction temperatures than those for methane, Lin and Rei [11] have employed a double-jacketed fixed-bed MR using a supported Pd-Ag membrane tube located at the center position and two stainless steel tubes separately assembled as double outer jackets: Methanol SR was carried out in the inner tube, while the outer tube was used for oxidation of rejected gases. 
We describe our autothermal reactor results together with a simulation of a pseudo-homogeneous 1D model (described in Section 3), accounting for axial convection and thermal and mass dispersion terms, representing the experimental reactor geometry, with no adjustable parameters. The model was found to predict well the experimentally measured temperature profiles and the experimental data in general, as it is shown in Figure 4, where SR conversion ([image: image6.wmf]SR
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(Eqn.2 ), the ratio of methane feed to hydrogen transport capacity (evaluated at [image: image10.wmf]650 
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 and 10 bar). The agreement was good for the two different membranes tested.
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In addition to demonstrating the concept, the results show that:

(i) High SR conversions can be achieved for [image: image12.wmf]*
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(Pem>20). Temperature is not set here, but it is established by the balance of methane supply to the oxidation chamber and the heat loss and heat absorption by MSR. Plotting MSR conversion vs the maximal temperature (expressed as  =(T-25)/(800-25) shows, as expected, monotonic increase (Fig. 5).
(ii) The performance for the two different membranes (i.e., the self supported and the supported ones) are quite similar when it is expressed as a function of [image: image13.wmf]*
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 (Fig. 4); an asymptotic solution for very fast kinetics is known to exist (Sheintuch, 1998) and in that case conversion depends only on PeM.
(iii) The effluent CO fraction ([image: image14.wmf]CO
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, Fig. 4) is much smaller than the values expected for closed-system (without membrane) equilibrium due to the separation of hydrogen and declining temperature along the reactor, leading to equilibrium shift in WGS reaction.

(iv) Total hydrogen recovery ([image: image15.wmf]HR

), moles of hydrogen separated by the membrane per total moles of methane fed,  which defines in fact the reactor efficiency, is small because of large heat losses [1,2], reaching values of ~0.6 for the conditions in Fig. 4. The theoretical thermodynamic maximal [image: image16.wmf]HR
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Hydrogen recovery from the SR stream (HRSR, Fig.5(right)) is good, varying between 3 and the stoichiometric limit 4. Note that for the wall-heated reactor we used  HRSR for measuring hydrogen recovery.
 (v) Increasing SR feed (with appropriate increase of Ox feed) requires a larger membrane area but, if the same reactor dimensions are used, the heat loss will be similar and consequently the relative impact of that loss will diminish and [image: image21.wmf]HR

 values will be higher.
(vi) Decreasing pressure on the permeate side (from 1 to 0.1 bar) leads, as expected, to higher conversions and higher HR. The conversion falls between the equilibrium values calculated for a closed system (SRE) and that of a membrane reactor with PH2=1 or 0.1 bar (SRME).



The hydrogen generation was experimentally optimized by using the MSR effluents as part of the feed to the oxidation reactor (after mixing with air, Fig. 1d) to combust unreacted hydrogen, CO and methane [2].
The model was used to optimize the reformer in order to demonstrate that the power output and efficiency of a unit, of the size used in experiments, can be economical. The reformer operation is optimized by the following steps: (i) Increasing the membrane area or permeability, which allows in turn to increase SR throughput (with some adjustment of Ox flow) and consequently to diminish the effect of heat loss, and (ii) reducing the heat loss, as will be expected in larger units and/or by better thermal insulation. Moreover, recycling the SR compartment effluent, which includes unreacted methane and some hydrogen, to the Ox compartment feed significantly improves the reformer efficiency as was experimentally verified [2]. This optimization predicts an overall hydrogen recovery HR~2.5 and a power output of 600 W were predicted for the reformer, when the separation area was increased 20-fold and the heat losses were reduced to 1/4 of their value in experiments and the methane utilization is optimized. 

The efficiencies obtained here are very close to the adiabatic efficiency limit for concurrent operation (~0.8). The volumetric power density of the simulated reformer, corresponding to 600 W, is 0.96 kW/L. This is an acceptable value for commercial purposes. 
3. Process Engineering Model



The mathematical model should incorporate mass and heat balances, kinetic rate expressions (or a micro-kinetic model), hydrogen transport model through the membrane and its inhibition by co-adsorbents and possibly a CFD model. In this section we limit the model to a 1-D non-isothermal system. Thermal considerations are missing from the literature as most of the experimental evidences were backed by isothermal kinetic models or just by equilibrium models. 


The use a 1-D model should be justified: radial gradients should be estimated and particularly the effect of concentration polarization. Concentration polarization may become important in permeance measurements of mixtures of hydrogen and in modeling radial gradients in the permeate side, if the membrane tube size is large. However the catalyst packing on the retentate (reaction) side induces dispersion that reduces the polarization effects. This issue is reviewed in section 3.2.
3.1. Reactor model

We start with the auto-thermal reformer, which account for three compartments, and simplify it later to the two-compartments wall-heated reformer. The autothermal reactor (see Figure 1 for schematic representation) were simulated as a pseudo-homogeneous 1D system with two concentric cylindrical compartments for the oxidation reaction on the outside and for SR reaction in the inner compartment, equipped with hydrogen separation membrane/membranes (all in the 
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A standard transient pseudo-homogeneous model with axial convection and thermal and mass dispersion terms was used:
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[4]
with hydrogen permeation following Sievert's law (Eq. 6) corrected for coadsororbates competition ()
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The index 
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The same model applies for the wall-heated reactor, except that the external compartment is assumed to be at fixed temperature, TOx=const=Tw.


3. 1. 1 Permeance


The factor  expresses the permeance inhibition by co-adsorbates (Eqn. 6). The need for this correction was presented in many studies (see below). Measurements in pure H2 (, made by ECN that produced the membrane,  showed permeance to be QH~
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. However, using this value for wall-heated reactor significantly overpredicts the system performance (not shown).  Using a constant  , calibrated from data at specific working conditions (e.g Tw=525°C P=10bara, Fig. 3a, dash-dotted line), showed it cannot account for pressure or temperature effects. Israni et al. [19]  measured the inhibition effects of various components relevant to methanol steam reforming in a Pd-Ag membrane reformer and suggested the expression below and calibrated it .
(9)
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  (10)
Using this expression to account for inhibition of H2O, CO2 and CO here cannot account for the observed permeance inhibition (see Fig. 3a). 
Our results indicate that the inhibition of methane (KCH4) should be much larger than expected from literature data of H2+CH4 adsorption, probably due to effect of surface reaction with water on the Pd membrane. Introducing methane inhibition to be equal to that of CO (Eqn.3a, solid line) gave satisfactory results. We did not find a corresponding value for adsorption coefficient of CH4 in the literature, but evidences suggest a substantial inhibition of methane in the presence of H2O [20]..
3.1.2  Kinetics
For MSR over a Ni/Al2O3 catalyst, the commonly-employed rate expressions developed by Xu and Froment [21] were used (equilibrium constants, activation energies and adsorption enthalpies can be found in the original paper): 
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3.2 Concentration Polarization: 
With the incorporation of membranes of better permeance and the integration of heat supply to the reactor through its wall, radial gradients in membrane reactors may become important. The separation of hydrogen at the membrane wall will cause, in a wide reactor, its concentration to be different than that in the bulk, while that of the other species will be larger (concentration polarization).  That will diminish the hydrogen gradient, and the effect may be compounded by increased permeance inhibition if one of the other species adsorbs well on the membrane.

Radial gradients may become significant in two common cases: (i) Hydrogen transport into or from a stream of inert (sweep) gas, in the absence of catalyst and of reaction (rA=0), where the flow is laminar and radial diffusion is molecular, which is small at high pressures; (ii) Hydrogen transport in a packed catalytic membrane reactor, where the flow in the catalytic chamber is turbulent and along with diffusion we should account for the radial dispersion (Der), which depends on flow rate and particle size (dp), eg, by

Per=udp/Der~8.
For design purposes, approximation for correcting for the polarization effects will be useful. We focus on the latter case after reviewing the former. We show below that concentration polarization effects are rather small for practical systems.

The former case applies in permeance measurements where hydrogen permeates from one stream to another, or in the design of a membrane hydrogen separator. Permeance measurements are usually conducted in empty (unpacked) shell and tube arrangement, with a hydrogen mixture in inerts (or in reactants or products).  Measurements with pure hydrogen feed yield directly the permeance, the constant in Sievert's law (QH), but such values usually differ from those made in a mixture. This suggests that hydrodynamic effects on diffusive transport are important and should be accounted for. This effect was measured experimentally in many systems but its interpretation is masked with permeance inhibition effects and with the need to interpret the integral measurements in mixtures. Catalano et al. suggested a boundary layer type expression to estimate the hydrogen bulk to surface mass transfer coefficient [23]. Peters at al. [24] showed that in mixtures of H2 and N2 the main resistance for H2 transport across the membrane is concentration polarization (relative to membrane support, depletion and the membrane itself), but with the presence of other species, permeance inhibition becomes dominant. Several studies have presented a numerical simulation of mass and momentum balances for the permeance measurement application [19, 25]. An approximation in the form of effective mass transfer coefficient (kc) was suggested by  Sarti (2009) to account for their measurements, and its coefficient was determined experimentally and expressed in the form of a Sherwood number, as Sh=kcR/D=f(Re, Sc) where D is the diffusivity, R is tube radius.
In a recent contribution [22] we developed an approximation, based on fluid dynamics model, to assess the effect of concentration polarization in such a separator. The hydrodynamic and the diffusion problems were separated assuming that the approximate hydrodynamic field can be constructed under the assumption of a constant density. The species profiles were constructed using the known velocity profiles and the radial hydrogen concentration profile was approximated. The approximation can be presented in form of mass-transfer coefficient (i.e., of kc) with a corresponding Sh ~3 for a tube, but since the driving force varies along the reactor, the average resistance depends on the fluid average velocity and apparently on Re. The important parameter that describes the resistance is the diffusive to the permeating flux
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Where mP1/2 is the permeance expressed in terms of velocity (m=QH/cT). Results were compared with experimental observations showing that in most experimental and computational studies (that simulate experimental studies), >5 suggesting small, but not negligible, resistance. The same conclusion can be reached by using typical variables (see below). 

Before describing the approximation for the integrated packed bed membrane reactor we analyze the criteria for neglecting radial gradients: it depends on the ratio of maximal hydrogen  transport through the membrane (according to Sieverts law) to that through the bulk (denoted by  below); both are expressed here in terms of the driving force, the gradients of the average hydrogen partial pressure, or of mole fraction  or of concentration (<PH>,< yH> ,< cH>) and the corresponding permeance and dispersion (Der) coefficients
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where P*,y*H denote conditions on the permeate side and we set =1 for now. The permeance can be expressed in velocity units (m=QH/CT,ref= m,refPref/P [cm/s/bar1/2]) after scaling with respect to total concentration under working or under reference pressure (Pref, usually, atmospheric) is independent of reaction conditions. Similarly, the dispersivity scales like 1/P, and it may be convenient to work with Der,ref as defined above

Current commercial membranes can reach m,ref=80mN3/m2hbar1/2=2.22 cm/s bar1/2 (Pref=1bar). For the wall-heated reactor with R=0.7cm and Der,ref~1cm2/s the important dimensionless parameter, Der,ref/m,refRP1/2 is of order unity. Note that Der for hydrogen has a contribution from molecular diffusivity, about  0.7cm2/s at 1bar, as well as from radial dispersion (obtained by correlations of Per, ~udp/8, which for u=10cm/s (at 1 bar) is going to be somewhat smaller for reasonable dp. The overall dispersivity is estimated as 1cm2/s. Note that due to the square-root nature of Sieverts law vs the linear transport in the bed, the ratio  increases for dilute streams (low yH) while the main membrane effect takes place at high yH; thus, the condition should be estimated at high yH, around the equilibrium of a closed system.

We return now to the derivation of an approximation of mass-transfer resistance effect in an isothermal tubular packed bed of  diameter 2R. The model for component i 
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where the radial dispersion coefficient (or diffusivity) is species dependent, and Qi is the membrane permeance of species i (=0, unless i=H2).

Knowledge of the flow distribution, u(r,z) and v(r,z), is required to solve this problem, which in turn requires momentum balance and continuity equation. For the permeance measurement study (rA=0) we complement these equations with momentum balances[22]. For the packed bed, Darcy's law should be applied. Since the reactor is narrow and long, we assume that radial pressure gradient is small compared with axial gradients, which in turn is also small compared with P and it is reasonable to assume constant total pressure (ie., density). The changes in axial velocity are, then, due to hydrogen separation and change in number of moles. 


In that case, assuming for now that dispersion coefficients are equal than adding the balance on all species, while maintaining d(cT)/dz=0, d(cT)/dr=0 yields
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The total axial flow rate can be obtained by radial integration of Eqn.(15) to find
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We focus from here on the hydrogen concentration or pressure:  Integrating Eqn.(14) in the cross section yields
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If <rA(cH)>~ rA(<cH>) we find after incorporating the bc a PFR like model, except that the wall cH is not known. To that purpose we write the flux as a function of <cH> and introduce an 'effectiveness factor' which we have to determine
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In calculating  we introduced an auxiliary variable , that should be assumed to  be unity initially   (ie, 
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The overall approximate balance obtained from Eqns. (16) and (18)
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Eqns. (16,18,19) form an approximate 1-D solution
To secure an approximate solution for  and an analytical criterion that expresses its effect, we match the profile as a parabola and convert the bc into a linear form,  while keeping the overall hydrogen flux by redefining the permeance (Q*H), to (recall, m=QH/cT,ref ).
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The radial convection (v) is determined from the total radial flux  rJr=vrcT =JMR  or
at the wall 

JHr=vCH -DerdCH/dy=JM





(22)

where cT is the total concentration and yH  is hydrogen mole fraction.  The bc for hydrogen can be written as  
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We approximate the hydrogen concentration profile as a parabola  
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and determine the three unknown  from the BC and the average value (<cH>) ; while the bc becomes nonlinear due to the term 
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And when expressed in terms of <cH>
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The mass transfer resistance should be checked by determining whether >>1, and if that is not satisfied  should be approximated with =1 and corrected in an iterative form using Eqn (19). For the wall-heated reactor, the correction is not negligible, but cannot account for the ~80% reduction in permeance. 
A similar expression can be derived for an annular reactor domain with R1<r< R2: 
4. Permeance Inhibition and Atomistic Modeling



The discussion in Section 2 indicated that the apparent permeance is much smaller than the values measured in pure hydrogen, while in Section 3 we showed that concentration polarization cannot explain this deviation. Permeance inhibition due to co-adsorption of reactants and products was recorded in many studies; such effects were reported for ammonia, carbon monoxide, chlorine, ethylene, methane, propylene, and sulfur As we showed in Section 3.1 (Eqn. 9) to the best of our estimate CO and methane adsorption still cannot account for the observed inhibition. In that case we should consider surface reaction on the Pd surface, that produce O, C or other species as surface intermediates, as we do below: conversion of methane to CO may lead to a much stronger inhibition. Since the inhibition depends on surface composition, rather than bulk, it will very difficult to assess these effect and we resort to atomistic modeling tools to estimate these effects.


Among the species expected in MSR to cause permeance inhibition, CO was demonstrated by many authors to exert the most significant inhibition with respect to its bulk concentration, while CH4 and CO2 had a minor effect. This conclusion is supported  by Abir and Sheintuch [25] who studied the inhibition of Pd and Pd/Ag membranes by coadsorbates using first principles (DFT), assuming that hydrogen and its competitor compete (or mutually block) for the same site. They used the Langmuir isotherm to find the coverage of H and X=CO, H2O or  CH4, and others
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 Their calculations show strong inhibition by CO but methane adsorption was found to be negligible at temperatures of 330-530°C, assuming either dissociative or associative adsorption. 


Still several groups demonstrated that while CH4 and H2O show a negligible inhibition of the Pd membrane, a mixture of the two would have a much stronger inhibitive effect. Jung et al. found a hydrogen flux decline of ~50% at 500°C when fed with H2/CH4/H2O, compared to feed of H2/CH4 [20]. Inhibition of MSR and WGS components (CO,CO2,CH4,H2O) was investigated by Li et al. [27] who found ~20% drop in H2 flux relative to N2/H2 mixture with the same H2 concentration. Israni et al.[19] investigated the effect of methanol reforming species on hydrogen flux across Pd-Ag membrane, and found 80-90% decrease in flux due to adsorption of different species [19]. They also conclude that CO has the strongest inhibition effect. They calibrated the various adsorption coefficients and suggested a proper expression for the available surface coverage of H2 (Eqn.10). Most of the results in the literature are obtained for relatively high concentrations of H2, even when reforming mixtures are considered. This is not the case for membrane reactor reformers where, as we present later, H2 concentrations are typically less than15% and often below 10%.
In the absence of experimental data computational catalysis methods can be informative: The equilibrium coefficients were derived from the DFT-calculated adsorption energies (Table 3) for a single molecule on a 3X3 surface. In CO adsorption we accounted for adsorbate-adsorbate interaction and coverage effect on CO adsorption energy. The effect of hydrogen coverage on the fcc adsorption energy of H atoms on (111) metals was previously studied by our group and was found to be weak [29]. 
Table 1.  Computed adsorption energies and calculated entropy change in T=800K [eV/molecule] on a Pd(111) slab for possible inhibitors (after [25]). 

	
	Adsorption energy [eV/molecule] Pd(111)
	T∆S (800K)

[eV/molecule]

	H2(g)+2*→ 2H*
	-1.08
	-0.2

	CO(g)+*→CO*
	-1.24*
	-0.72

	H2O(g) +*→ H2O*
	-0.18
	-0.69

	CH4(g)+2* →CH3*+H*
	-1.05
	-0.2

	CH4(g) +*→CH4*
	-1.27
	-0.68


* data is for coverage of .25, CO adsorption has a strong dependence on its coverage and this effect  was incorporated. 

CO adsorbs very strongly to the surface and has a large inhibition effect on hydrogen adsorption (Fig. x). This is evident from comparing G/2 of dissociative hydrogen adsorption and that of CO. This is in agreement with several experimental work reported dramatic reduction of the hydrogen permeance flux when carbon monoxide was added to the feed stream.[30,31and ref. within]. The increase in CO coverage with temperature here is partially due to the increase in empty surface sites with temperature and partially due to the decrease in adsorption energy with increasing coverage. This comparison also explains why water adsorption is weak (table 1) and so is CO2 (not shown).

Methane adsorption may occur as a molecular CH4 adsorption or as a one step dissociative adsorption leading to CH3 and H adsorption . The latter has a rather high activation energy (found to be 0.41[eV/molecule] on Pd (111)) that cannot be ignored and will cause a rather low competition, especially in co-adsorption with hydrogen. Yet, several experimental reports suggest a rather strong CH4 inhibition on Pd membrane, supporting the stronger inhibition of the molecular adsorption mechanism. At lower temperatures the CH4 coverage is inhibited due to site blocking by hydrogen, but as the temperature increases the presence of more empty sites leads to higher CH4 coverage, up to temperatures above 650 K where it starts to decline (Fig 8 A,B). Molecular methane adsorption was assumed to be non-activated. As can be seen in Fig. 11 this mechanism will result in a much stronger inhibition that reduces with the increase in temperature. Negligible inhibition of methane is calculated at temperatures corresponding to its steam-reforming reaction, in agreement with experimental results [22].


While co-adsorption was considered in ours and in other studies, the surface SR reaction of methane on the Pd membrane to form CO, which is not in equilibrium with the gas phase, was not considered. That will explain the inhibition measured in a mixture of methane, water and hydrogen ([20],[15]) vs its absence when water is absent. This can also explain the significant permeance inhibition reported in Fig. 3. Methane SR includes more than 10 steps, with sequential  CH4 dissociation to form C or CH, water dissociation to OH+H and to O+2H and the reaction C+O(CO or CO+H(CO+H. The slow steps are usually CH4(CH3+H and H2O(OH+H. Inspection of the energies on Pd(111) reveals that the latter rate is much smaller than the former, suggesting that C is the MARI. 
6. Conclusions
Pure H2 production can be achieved in a single integrated membrane reformer fed with methane and steam; separation is achieved by Pd or Pd/Ag membranes. This has been demonstrated in a wall heated reactor, that should be integrated into solar-heating system by means of molten salt, and thus requires operation at low temperatures. This was also demonstrated  in an auto-thermal  reformer, built from three concentric compartments, indirectly coupling the endothermic methane steam reforming (catalyzed by Ni/Al2O3) with the exothermic methane oxidation. The system is optimized using an appropriate model, validated with experimental data using parameters from literature. 
MSR conversion and hydrogen recovery (based on methane fed to SR) can reach their maximal value  by increasing driving force for separation either by increasing temperature, decreasing permeate pressure (or using sweep) or by increasing the membrane permeance.
Modeling this reactor suggests about 80% reduction in permeance, compared to the value measured in pure hydrogen. This inhibition can be attributed either to concentration polarization or to permeance inhibition, or to both.
We describe 1-D mathematical model that were successfully used to predict the experimental results and ask whether 2-D models are necessary. By deriving an appropriate criteria we show that concentration polarization cannot account for the observed permeance inhibition. To understand this phenomenon we resort to DFT-calculated adsorption energies to estimate the inhibition due to surface adsorption of possible co-adsorbates like methane, CO and water. While CO adsorption is strong, CO concentration is small, and this effect is too small to account for observations, suggesting that surface reaction on the Pd membrane should be considered to estimate coverages by C and O.
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Superscripts
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Abbreviations

FBMR   fluidized bed membrane reactor

MOx
   methane oxidation

MSR
   methane steam reforming

PBMR   packed bed membrane reactor

Ox
   oxidation
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   steam reforming
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Figure captions
Fig. 1: Schematic of reactor configurations: (a) The reformer heated by molten-salt [6]; (b)the wall-heated membrane reformer [5]; (c) the autothermal membrane reformer [1]; (d) the autothermal reformer with recycling of effluents [2].
Figure 2: Threshold temperatures for operation without sweep determined from permeate flow rate vs wall-temperature(Tw) at various pressures. Methane feed flow rate is 0.5 NL/min.(after [5])

Figure 3: Effect of retentate (reaction)  pressure on permeate flow: (a) with no sweep or (b)  for various sweep flow rates (Methane feed flow rate is 0.5 NL/min,
[image: image125.wmf]525
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). Predicted behavior in (a) discriminate between three models: Case 2: constant inhibition factor, calibrated to 10 bara. Case 3:predicted with Eqns (9-10) and  neglibile CH4 inhibition. Case 1: predicted with Eqn (9-10) but CH4 inhibition is equated to that of CO. Predictions in (b) and in Fig.2 are based on case 3 (after [5]).

Figure 4: Autothermal reformer behavior showing conversion (fSR), flux and YCO vs feed flow rate expressed as 4Pe* (Eqn.) for the self-supported (foil, bottom) and inconel-supported (top) membrane, and the corresponding hydrogen flux (after [1]).
Fig. 5: (left) Conversion in autothermal reformer  vs. dimensionless temperature (=(T-25)/775) at 1 (filled symbols) or 0.1 bar (open) in comparison with SR equilibrium (SRE) or with membrane reactor equilibrium (SRME). (right) The effect of the methane feed to combustion and SR compartments (CROx/SR) on  conversion and on hydrogen recovery (HRSR) at 1 or .1 bar on permeate side.
Fig 6: Scheme of the auto-thermal reactor showing the three compartments.
Figure 7. Effect of CO co- adsorption on the hydrogen surface coverage on Pd(111) surface as a function of temperature (PH2=PCO=1atm)

Fig. 8: Surface coverages of H2 and CH4 in their co-adsorption on Pd(111) surface assuming direct dissociative adsorption (A,B) (PH2=1atm and PCH4=1atm).
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